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A B S T R A C T   

A downstream process for the purification and concentration of formic acid (FA) from FA/gluconic acid (GA) 
mixtures, obtainable by a coupled biocatalytic reaction of CO2 reduction and glucose oxidation, has been 
developed. The process involved two technologies: (i) a first nanofiltration (NF) step to separate FA and GA, and 
(ii) a second reactive liquid-liquid extraction (RLLE) step to concentrate FA. The NF process, using a Synder NFX 
membrane, consisted of three NF steps separated into two divergent lines, named permeate and retentate 
pathways. The first NF was common for both pathways, resulting in a permeate strongly enriched in FA and 
depleted in GA, and a retentate with opposite characteristics. In the permeate pathway, this first permeate was 
subjected to a second NF to obtain a 99.6% pure FA permeate. In the retentate pathway, an additional NF step on 
the first retentate resulted in a concentrated 99.4% pure GA retentate. The final diluted FA permeate was 
concentrated by RLLE using tri-N-octylamine as extractant in n-octanol, and a final back-extraction with NaOH. 
The optimized RLLE process involved a 100-fold volume decrease and resulted in a final FA solution (as sodium 
formate) of 174.5 g/L, 78 times more concentrated than the feed.   

1. Introduction 

The use of CO2 as a feedstock for producing chemicals through car-
bon capture and utilization (CCU) strategies is currently receiving a 
great deal of attention as a way to move towards a low carbon and 
circular economy [1]. The great value of this approach is the possibility 
of valorizing waste CO2 by converting it into industrially useful chem-
icals and polymers and, at the same time, reducing greenhouse gas 
emissions [2]. 

One of the most interesting chemicals that can be obtained from CO2 
is formic acid (FA), a chemical with many current uses [3] and a great 
potential as hydrogen storage compound and building block [4]. Several 
chemo-catalytic methods have been reported to carry out the conversion 
of CO2 and H2 to FA [3], but they are energy-intensive processes that 
usually show low selectivity and yields [5]. An interesting alternative to 
the chemical methods is based on biotechnology and involves the use of 
microorganisms or enzymes to catalyse that conversion. It is generally 

accepted that biotechnological methods show some advantageous 
properties when compared with chemical ones, such as ambient tem-
perature and pressure operation, which reduces energy costs, and a high 
selectivity and specificity, which avoids by-product generation. In 
addition, chemical catalysts are often much more sensitive to some 
contaminants found in gas feedstocks than biocatalysts. Biotechnolog-
ical processes for the conversion of CO2 into FA involve a redox reaction 
catalysed by the enzyme formate dehydrogenase (FDH), a reversible 
reaction that in nature occurs in the opposite way, that is the oxidation 
of FA to CO2 [6]. Therefore, the reduction of CO2 to FA is also possible 
providing that substrate amounts of the co-factor NADH are present to 
drive this thermodynamically unfavourable reaction. The industrial 
implementation of a biotechnological process for the conversion of CO2 
into FA is currently a great challenge, mainly due to the high NADH 
requirements, which need the introduction of a mechanism for its in situ 
continuous regeneration for repeated use throughout the process, and, 
most importantly, because the low productivity and yield of the 
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reaction, as a direct result of the low solubility of gases, specially 
hydrogen, in water and, therefore, of the gas–liquid mass transfer lim-
itations [7]. 

A key factor to consider regarding FA and any other chemicalś pro-
duction processes, in general, is the need of recovering and purifying 
them through the so-called downstream processing. The aim of down-
stream processing is the efficient, reproducible and safe recovery of the 
targeted product to the required specification (biological activity, pu-
rity, etc.), while maximizing recovery yield and minimizing costs. 
Product separation and purification from bioprocess media is often a 
complex task accounting for a significant share of the process costs 
(around 50–70% of the total production cost [8]), mainly due to the low 
concentrations of the target molecules in the production media and their 
complexity. This is of special relevance for CO2 (gas)-derived products, 
that usually are present at much lower concentrations than, for example, 
their sugar-derived counterparts, so increasing downstream complexity 
and costs [9]. Therefore, the development of efficient and cost-effective 
downstream processes for product recovery and purification is a 
mandatory need for industrial feasibility and accordingly, efficient and 
non-energy intensive downstream technologies are a must. 

Nanofiltration (NF) and reactive liquid–liquid extraction (RLLE) are 
found among the non-energy intensive technologies often used in 
downstream processing. NF is a pressure driven membrane-based sep-
aration technique, where the pore sizes of membranes are between those 
of reverse osmosis and ultrafiltration membranes [10]. NF membranes 
are characterized by two kind of parameters: structural (the pore size) 
and electrical (the membrane charge). Their pore size is in the order of 
nanometers and their nominal molecular weight cut off (MWCO) is in 
the range of 100–1000 Da. The separation mechanisms of NF involve 
both steric (sieving) and electrical (Donnan) effects. It is suitable for the 
separation of inorganic salts and small organic molecules [10]. RLLE is a 
kind of liquid–liquid extraction involving a reversible reaction between 
the extractant in the organic phase and the solute in the aqueous phase, 
and the complexes formed are then extracted and solubilized in the 
organic phase [11]. Extractants are usually mixed with organic solvents, 
called diluents, which control the physical properties of the organic 
phase, such as density, viscosity, and surface tension, and affect the 
stability of the complexes and the level of extraction. There are two steps 
in RLLE: (1) the extraction of the solute to obtain a solute/extractant 
complex in the organic phase and a relatively solute free aqueous phase, 
and (2) the back-extraction (or re-extraction or stripping) of the com-
plexed solute from the organic phase to recover the extractant-free so-
lute in a new aqueous phase and, simultaneously, to regenerate the 
extractant for reuse. RLLE is very suitable for carboxylic acid recovery, 
where aliphatic tertiary amines and alkyl phosphates are efficient 
extractants [12]. The undissociated form of carboxylic acids is the only 
one that can be extracted, so the initial pH of the aqueous solution and 
the dissociation constant (pKα) of the acid are two of the most important 
factors in the extraction efficiency: the pH of the aqueous phase should 
be kept at a value lower than the pKα of the acid. 

In the framework of the H2020 BIOCON-CO2 project 
(https://biocon-co2.eu/), the conversion of CO2 into FA, among other 
target products, is addressed through a two-enzyme coupled biocatalytic 
reaction involving the enzymes FDH, to catalyze the reduction of CO2 to 
FA, and glucose dehydrogenase (GDH), to regenerate NADH by oxida-
tion of glucose to gluconic acid (GA). As a result, the FA effluents ob-
tained are characterized by the presence of equimolar concentrations of 
FA and GA and, more importantly, at the current development state of 
the BIOCON-CO2 process both acids are present at very low concentra-
tions, with FA content being 2.0 g/L at most. Consequently, the sepa-
ration and purification of FA and GA becomes a huge challenge 
requiring a very efficient downstream processing that, in addition to 
separating and purifying, also concentrates. In this paper, a downstream 
process of these characteristics involving two successive steps of NF and 
RLLE is reported. 

2. Material and methods 

2.1. Chemicals 

FA (99.8% pure) and GA (aqueous solution, 50% pure) used for NF, 
RLLE and obtaining the calibration lines were from Merck and Alfa 
Aesar, respectively. 

2.2. NF experiments 

NF tests were carried out using Synder NFX membranes (polyamide- 
TFC, ~150-300 Da MWCO) in a KMS Laboratory Cell CF-1 device, 
operating with 75 mm-diameter flat-sheet membranes and under 
crossflow (tangential) mode filtration. The unit had an effective mem-
brane surface of 28 cm2 and allowed operation at 1–60 bar pressure. 
Experiments were performed using synthetic mixtures of FA and GA as 
feed solutions, with a composition resembling that expected for their 
synthesis from CO2 and glucose through a coupled enzymatic reaction 
catalyzed by FDH and GDH (Drs. Carmen Boeriu and Tom Ewing, WFBR, 
Wageningen University and Research, personal communication): FA/GA 
molar ratio of 1 (FA/GA weight ratio of around 0.2), FA concentration of 
1.8–2.0 g/L, and GA concentration accordingly to maintain this con-
centration ratio. The effect of different operation parameters, including 
the pH of the feed, temperature, pressure and recovery (% volume of the 
feed recovered in permeate), was tested. Samples from the different 
streams were taken and analysed by HPLC to quantify the FA and GA 
concentrations. 

NF performance was determined using the following parameters 
(subscripts f, p and r denote feed, permeate and retentate, respectively):  

• Flux: specific permeation flow rate through the membrane (in L/h/ 
m2).  

• Concentration ([FA] and [GA]): concentration, in g/L, of FA and GA, 
respectively.  

• Yield (Y): recovery (mass%) of FA or GA in the permeate or retentate 
relative to the mass of the corresponding acid in the feed.  

• Purity (W%): weight% of the acids in the feed, permeate or retentate, 
relative to the total mass of FA and GA in the corresponding stream.  

• Concentration ratios: ratios of the concentration of acids between 
permeate or retentate and feed.  

• Enrichment factor (EF): for FA is the ratio of FA to GA concentrations 
in the permeate with respect to its ratio in the feed; for GA is the ratio 
of GA to FA concentrations in the retentate with respect to its ratio in 
the feed. 

EF(FA)p=([FA]p/[GA]p)/([FA]f/[GA]f) 
EF(GA)r=([GA]r/[FA]r)/([GA]f/[FA]f)  

• Separation factor (SF): for FA is the ratio of FA to GA concentrations 
in the permeate with respect to its ratio in the retentate [13]; for GA 
is the ratio of GA to FA concentrations in the retentate with respect to 
its ratio in the permeate. 

SF(FA)p=([FA]p/[GA]p)/([FA]r/[GA]r) 
SF(GA)r=([GA]r/[FA]r)/([GA]p/[FA]p) 

2.3. RLLE experiments 

RLLE experiments were carried out on aqueous solutions of 
approximately 2 g/L FA (43.5 mM). The pH value of the solutions was 
either adjusted to 2.0 with HCl or left as was (around 2.75). Tri-N- 
octylamine (TOA) in n-octanol was used as the extractant/diluent 
mixture, with varying volume ratios of the aqueous to the organic phase 
and varying molar ratios of FA to extractant. Extractions were carried 
out in either test tubes or separatory funnels agitated horizontally in a 
reciprocating shaker, at 25 ◦C for 1 h (equilibrium was determined to be 
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achieved in less than 1 h). Then, the tubes were removed from the shaker 
and let stand until phase separation. Following extractions, back- 
extraction of FA from the organic phase was carried out using aqueous 
alkaline solutions of NaOH of different concentrations and varying 
volume ratios of the aqueous to the organic phase. Back-extraction 
conditions were as those for extractions. After extractions and back- 
extractions, samples from the aqueous lower phases were taken and 
analysed by HPLC to quantify the FA concentration. Its concentrations in 
the organic phases were determined by mass balance. 

RLLE performance was determined using the following parameters 
(subscripts ap and op denote aqueous and organic phases, respectively):  

• Concentration ([FA]): concentration, in g/L, of FA in the different 
fractions. 

• Yield (Y): recovery of FA (mass%) in either the organic phase (ex-
tractions) or the alkaline aqueous phase (back-extractions).  

• Distribution coefficient (KD): concentration ratio of FA between the 
organic and the aqueous phases (extractions) or between the aqueous 
and the organic phases (back-extractions). 

2.4. Measurement of FA and GA concentrations 

Concentrations of FA and GA in the different aqueous fractions were 
measured by HPLC in a Varian 920-LC series chromatograph, equipped 
with an Aminex HPX-87H 300 × 7.8 mm column (Bio Rad), a Micro-
guard Cation H Refill Cartridge precolumn and a refractive index de-
tector under the following conditions: mobile phase, 0.01 N H2SO4; flow 
rate, 0.7 mL/min; column temperature, 65 ◦C; detector temperature, 

50 ◦C. Peak quantification was performed by using calibration lines of 
the respective acids in the 0.05–1.00 g/L concentration range. 

3. Results and discussion 

3.1. Downstream strategy 

As indicated in the Introduction, model synthetic solutions are 
characterized by the relatively low concentration of FA and the presence 
of equimolar concentrations of GA. According to this composition it was 
proposed a downstream strategy using two successive separation tech-
nologies: NF and RLLE (Fig. 1). 

The objective of the first step was to separate FA and GA by NF, using 
membranes with the lowest MWCO available (between 150 and 300 Da), 
taking into account the quite different molecular weights of both acids 
(46.03 g/mol for FA and 196.16 g/mol for GA). After this NF step, the 
resulting diluted and GA-depleted FA solution would be concentrated by 
a RLLE process using a water-immiscible tertiary amine extractant 
diluted in an organic solvent. 

3.2. Separation of FA and GA by NF 

A preliminary screening of ten different commercially available NF 
membranes (see Supplementary Material, Table SM1) allowed the 
Synder NFX NF membrane to be selected as the best performing one and, 
accordingly, it was the one used thereafter. 

Fig. 1. Scheme of the proposed downstream strategy for FA and GA mixtures.  

Fig. 2. Influence of temperature on the separation of FA and GA from the feed by NF through a Synder NFX membrane: FA and GA yields in permeate (A), and EF and 
SF (B). 
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3.2.1. First NF (on feed) 
Once selected the NF membrane, the next step was to evaluate the 

effect of two key parameters on the separation performance: tempera-
ture and pH. These experiments were carried out at a pressure of 20 bar 
and a recovery of 50%, using mixtures of 2.0 g/L FA and 9.6 g/L GA as 
feed. 

In temperature experiments, the pH was adjusted to 5.0 and three 
temperatures were tested, 25, 35 and 45 ◦C, evaluating its effect on 
yields of both acids and on EF and SF for FA in the permeate (Fig. 2). The 
most suitable temperature to separate FA and GA by NF was 25 ◦C, 
because at this temperature separation selectivity was maximal and, 
very important, energy costs associated to the process were minimal. 

In pH experiments, the temperature was fixed at 25 ◦C and three pH 
values were tested, 2.5, 5.0 and 7.5, to cover all the dissociation states of 
the acids considering their pKa values, around 3.7 for both. The effect of 
pH on yields of both acids and on EF and SF for FA in the permeate was 
assessed (Fig. 3). 

As pH increased the yield of both FA and GA in the permeate 
decreased, although the effect was more pronounced for GA. Regarding 
EF and SF, both parameters showed a very important increase as pH 
increased, which means that FA was increasingly enriched in the per-
meates with respect to the feed and that separation of both acids be-
tween permeate and retentate was greatly enhanced. These results 
suggest that separation of both acids is not only driven by sieving effects, 
but also by electrostatic interactions. Rejection of FA, that has a much 
lower molecular weight than the MWCO of membrane, was probably 
only influenced by electrostatic repulsion from the negatively charged 
membrane, but GA, that has a molecular weight similar to the MWCO of 
membrane, was strongly rejected by the joint effect of sieving and 
electrostatic repulsion. According to these experiments the best value of 
the feed pH to carry out separation was 7.5, which was accordingly 
adopted for next experiments. 

Preliminary tests (Table 1) showed that increasing operation pres-
sure from 10-20 to 30 bar significantly decreased NF performance in 
terms of concentration, yield and SF of FA in the permeate, with only 
fluxes being increased as pressure did. This behaviour can be explained 

Fig. 3. Influence of pH on the separation of FA and GA from the feed by NF through a Synder NFX membrane: FA and GA yields in permeate (A), and EF and SF (B).  

Table 1 
Influence of pressure on the separation of FA and GA from the feed by NF 
through a Synder NFX membrane: feed 2.0 g/L FA and 9.6 g/L GA, at 25 ◦C, pH 
7.5 and 70% recovery volume.  

Pressure 
(bar) 

[FA]p 

(g/L) 
[GA]p 

(g/L) 
Y 
(FA)p 

(%) 

Y 
(GA)p 

(%) 

EF 
(FA)p 

SF 
(FA)p 

F (L/ 
h/ 
m2) 

10  1.99  0.22  67.1  1.7  40.2  99.4  14.7 
20  1.72  0.16  54.6  1.1  47.9  97.7  39.1 
30  1.32  0.14  44.4  1.1  41.0  75.1  64.3  

Fig. 4. Influence of pressure and recovery on the separation of FA and GA from the feed (1.8 g/L FA and 9.0 g/L GA) by NF through a Synder NFX membrane: FA and 
GA concentrations after NF at 10 (A) and 20 (B) bar; permeate to feed FA concentration ratio (C). 
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assuming that at pressures below a critical one permeation is controlled 
by molecule size while above such critical value the polymeric mem-
brane become increasingly collapsed as pressure increases leading to a 
decrease in effective pore size resulting, in turn, in a rejection increase 
for both acids. Therefore, since there were no relevant differences be-
tween 10 and 20 bar, the following experiments were performed at both 
pressure values, only definitely rejecting the highest value (30 bar). 

Next, the separation performance of feeding solutions of 1.8 g/L FA 
and 9.0 g/L GA was evaluated at three recovery values (50, 60 and 70%), 
at 25 ◦C and pH 7.5. As expected, fluxes increased as pressure increased, 
but slightly decreased as far as recovery increased (results not shown), 
probably due to membrane fouling by GA pore clogging. In fact, GA mass 
balances support this conclusion, as later mentioned. 

The behavior of FA and GA in passing through the NF membrane was 
quite different. At the lowest pressure (10 bar), FA crossed the mem-
brane almost freely, so that its concentrations in permeate and retentate 
were not very far from that in the feed (Fig. 4A). However, increasing the 
pressure to 20 bar caused some rejection of FA (Fig. 4B), a phenomenon 
also reported in other studies and attributed to the increased solvent flux 
at a higher pressure [14]. As a result, at 10 bar FA did not undergo a 
dilution effect in the permeate with respect to the feed, but, on the 
contrary, at 20 bar it was diluted (Fig. 4C). 

GA, in turn, was strongly rejected by the NF membrane at all the 
pressure and recovery values, which resulted in a 2–3 fold concentration 
increase of the acid in the retentate and a very strong decrease in the 
permeate, with concentrations lower than 0.24 g/L. 

Yields of FA and GA in the permeate increased as recovery increased, 
being higher at the lowest pressure (Fig. 5). For FA, yields in permeate 
ranged between ca. 30 and 70%, while for GA were always lower than 
2% and usually lower than 1%. Following mass balances calculation, it 
was found that a fraction of the acids was not present neither in 
permeate nor in retentate, and that this missing fraction increased as 
recovery increased. It was low for FA and can be attributed to the 

analytical uncertainty, but it was relevant for GA, where it could amount 
between 5 and 23%, with the first value being explained by the 
analytical uncertainty, but the second one not. Therefore, the most likely 
explanation for this missing fraction of GA was that it was bound to the 
NF membrane. 

From the above results it was calculated that FA amounted to around 
90% of the total acid mass recovered in permeates and, conversely, in 
retentates GA reached similar values (Fig. 6). So, after a single NF step 
permeates were strongly enriched in FA and depleted in GA, while 
retentates showed opposite characteristics. 

The EF and SF of FA in the permeate showed (Fig. 7), in general, a 
sustained increase as both, pressure and, especially, volume recovery 
increased, reaching values as high as near 60 for the former and >110 
for the latter, so showing an excellent separation selectivity. 

The above results showed that the best performing conditions of 

Fig. 5. Influence of pressure and recovery on the separation of FA and GA from the feed by NF through a Synder NFX membrane: yields of FA (A) and GA (B).  

Fig. 6. Influence of pressure and recovery on the separation of FA and GA from the feed by NF through a Synder NFX membrane: % weight of FA and GA in permeate 
(A) and retentate (B). 

Fig. 7. Influence of pressure and recovery on the separation of FA and GA from 
the feed by NF through a Synder NFX membrane: EF and SF for FA in 
the permeate. 
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those studied for the NF separation of FA and GA with a Synder NFX 
membrane were: 25 ◦C, pH 7.5, 10 bar and 70% volume recovery. Under 
these conditions, following a single NF step, a permeate strongly 
enriched in FA and depleted in GA, and a retentate with opposite 
characteristics were obtained. 

Therefore, it can be concluded that the NF membrane used was very 
efficient in separating both acids. The molecular weight of FA is much 
smaller than the nominal MWCO of the NF membrane, allowing an 
almost free passage of FA through it. But, conversely, the molecular 
weight of GA is closer to the MWCO of the NF membrane, which would 
explain its strong rejection by size exclusion mechanisms, a phenome-
non that was enhanced by Donnan effects at higher pH values, when GA 
was fully dissociated and negatively charged, so experiencing electro-
static repulsion from the also negatively charged membrane (the re-
ported isoelectric point of the Synder NFX membrane is 3.2 [15]). 

3.2.2. Second NF (on permeate 1) 
In order to even improve FA and GA separation, an additional NF 

step (NF 2) using the same membrane was then applied to the permeate 
obtained in the first NF (permeate 1) at the best performing conditions 
(10 bar and 70% recovery). Experiments were carried out using as feed 
synthetic solutions resembling the composition of permeate 1 (1.87 g/L 
of FA and 0.24 g/L of GA), at 25 ◦C and pH 7.5. Separation performance 
was evaluated at two pressure (10 and 20 bar) and three recovery (70, 
80 and 90%) values. 

FA concentrations in the permeate were smaller than in the feed but 
increased around 40% as recovery increased from 70 to 90%, while 
those for GA remained in all the cases very low (less than0.01 g/L) 
(Fig. 8). The effect of pressure regarding FA concentration in the 
permeate was not very relevant, although they were slightly increased at 
the lowest pressure. FA and GA concentrations in the retentate were 
always higher than in the feed and followed the same trend: the higher 

the recovery, the higher the concentration. The effect of pressure was 
the opposite to that seen with the permeate: the higher the pressure, the 
higher the concentration. 

Yields of FA and GA in the permeate increased as recovery increased, 
but slightly decreased as pressure increased from 10 to 20 bar (Fig. 9A). 
FA yield in the permeate reached maximum values of 65%, while values 
for GA were always lower than 3%. The EF and SF for FA in the permeate 
2 (Fig. 9B) increased as far as recovery increased, but pressure increase 
resulted in a slight decrease of them. 

It was clear that a recovery of 90% resulted in the best separation 
results, but for the pressure it was not so clear, as KPIs were not very 
much different at 10 or 20 bar. However, as fluxes at 20 bar were at least 
50% higher than at 10 bar (results not shown), and therefore pro-
ductivities were proportionally greater, a pressure of 20 bar was finally 
selected as the best value. In conclusion, under the above best per-
forming operation conditions, the permeate resulting from this second 
NF step contained FA almost pure (>99.6% purity), with less than 0.006 
g/L of GA. Overall FA yield relative to feed was 47.9%. 

3.2.3. Third NF (on retentate 1) 
With the aim of improving the GA recovery, further concentrating 

and separating it from FA, an additional NF step (NF 3) was also carried 
out on the GA-enriched retentate obtained in the first NF (retentate 1) at 
the best performing conditions (10 bar and 70% recovery) using the 
same membrane. Experiments were carried out using synthetic solutions 
resembling the composition of retentate 1 (1.78 g/L of FA and 26.0 g/L 
of GA), at 25 ◦C and pH 7.5. Separation performance was evaluated at 
20 bar pressure and three recovery values (70, 75 and 80%). 

In retentates, FA was slightly diluted to values around 1 g/L, but GA 
was greatly concentrated to values approaching or exceeding 100 g/L 
(Fig. 10A). 

High yields of GA in the retentate were obtained, with a maximum of 

Fig. 8. Influence of pressure and recovery on the separation of FA and GA from the permeate 1 by NF through a Synder NFX membrane: FA and GA concentrations 
after NF at 10 (A) and 20 (B) bar. 

Fig. 9. Influence of pressure and recovery on the separation of FA and GA from the permeate 1 by NF through a Synder NFX membrane: yields of FA and GA (A), and 
EF and SF for FA in the permeate 2 (B). 
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96% at 70% recovery and decreasing thereafter to 82% at 80% recovery 
(Fig. 10B). The greatest values of EF and SF for GA in the retentate 
(Fig. 10C) were obtained at 75% recovery, with values amounting to 11 
and 388, respectively. So, under the best performing separation condi-
tions (20 bar and 75% recovery), the retentate resulting from this third 

NF step consisted of an almost pure (>99.4% purity) and concentrated 
(102 g/L) solution of GA. 

3.2.4. Whole NF process 
The whole process for the separation of both acids by NF can be 

Fig. 10. Influence of recovery on the separation of FA and GA from the retentate 1 by NF through a Synder NFX membrane: concentrations (A) and yields (B) of FA 
and GA, and EF and SF for GA in the retentate 3. 

Fig. 11. Scheme of the whole separation process of FA and GA through NF.  
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separated into two divergent lines, one leading to an essentially pure FA 
stream (permeate 2) and the other leading to an almost pure GA stream 
(retentate 3). The first one involved the successive NF of the feed (NF 1) 
and the permeate 1 (NF 2) to obtain permeate 2, and, accordingly, can 
be named “permeate pathway”. The second one, in turn, involved the 
successive NF of the feed (NF 1) and the retentate 1 (NF 3) to obtain 
retentate 3, and, accordingly, can be named “retentate pathway”. The 
whole separation process is schematically depicted in Fig. 11. Mass 
balances for FA and GA are 103.5% and 89.2%, respectively. The former 
is within the experimental analytical error while the second can be 
explained by the combination of experimental analytical error and GA 
retention inside the membrane pores. 

In the “permeate pathway” (Table 2), the concentration of FA from 
the feed to the final permeate 2 decreased by 24%, from 1.8 to 1.37 g/L, 
with a recovery yield of 47.6% of the acid. However, this moderate 
reduction in the concentration of FA was accompanied by a huge 
decrease in the concentration of GA, from 9 to 0.006 g/L, with a re-
covery yield of only 0.03%. These values resulted in an aggregate final 
EF for FA of 1202, which means that FA was 1202-fold more enriched 
with respect to GA in the final permeate 2 than in the feed. The corre-
sponding apparent aggregate SF, which gives an idea of the separation 
efficiency between FA and GA, reached a final value of 3515, calculated 
as the ratio of concentrations of FA to GA in the final permeate 2 divided 
by its ratio in the retentate 1. 

On the other hand, in the “retentate pathway” (Table 3), the con-
centration of GA from the feed to the final retentate 3 was increased by 
11-fold, from 9 to 102 g/L, with a recovery yield of 77% of the acid. This 
high increase in the concentration of GA was linked to a decrease by 
65% in the concentration of FA and a recovery yield slightly higher than 
2%. These values resulted in an aggregate final EF for GA of 32.7, which 
means that it was 32.7-fold more enriched with respect to FA in the final 
retentate 3 than in the feed. The corresponding apparent aggregate SF 
for GA reached a final value of 1257, calculated as the ratio of con-
centrations of GA to FA in the final retentate 3 divided by its ratio in the 
permeate 1. 

So, following the NF process, the purity of both acids in their final 
streams reached very high values: 99.6% for FA in permeate 2 and 
99.4% for GA in retentate 3. These two final streams should then follow 
two different ways. On the one hand, retentate 3 can be considered as a 
GA pure concentrated solution and no further treatment appears to be 
required, beyond concentrating it even more (by NF, for example). And 
on the other hand, permeate 2, although was essentially a FA pure so-
lution, was rather diluted and, to be commercially useful, had to be 
further concentrated, following a second step of RLLE to do so. 

The other two streams obtained in the NF process, that is, retentate 2 
and permeate 3, should be recycled to the starting feeding in a contin-
uous process to improve the recovery yield of both acids, especially for 
FA, and reduce material losses. 

3.3. Concentration of diluted FA solutions by RLLE 

3.3.1. Preliminary screening of extractants and diluents 
According to literature, alkylamines are, in general, better extrac-

tants of carboxylic acids than alkyl phosphates [16], so no compounds of 
this kind were tested. Accordingly, three alkylamines were evaluated as 
extractants for FA: tri-N-octylamine (TOA), N,N- 
dicyclohexylmethylamine (DCMA) and di-N-octylamine (DOA). For 
RLLE processes, in addition to the extractant, some organic solvents are 
used as diluents, that may be active or inactive regarding the extraction 
process. For carboxylic acids, it is reported that extraction by alkyl-
amines is enhanced by using active diluents, such as aliphatic alcohols 
and ketones, being n-octanol and methyl isobutyl ketone (MIBK) among 
the most used [12]. Regarding inactive diluents, the best results are 
usually reported for toluene (although some activity related to the ar-
omatic ring is proposed for it). So, these three diluents were initially 
tested. 

Since the concentration of FA in the solution to be extracted (the NF 
permeate 2) was expected to be close to that of the original one, that is, 
2 g/L (~45 mM), this value was used for RLLE experiments. Accord-
ingly, for this preliminary evaluation, the concentration of extractant in 
the organic phase was fitted to around three times in molar excess 
(140–145 mM) with respect to the concentration of FA in the aqueous 
phase, and the ratio of volumes of aqueous to organic phases was set to 

Table 2 
Purification progress of FA by NF from an equimolar FA/GA solution feed 
through the “permeate pathway” using a Synder NFX membrane.  

Fraction [FA] 
(g/L) 

[GA] 
(g/L) 

YFA 

(%) 
YGA 

(%) 
EFFA SFFA PurFA 

(%) 

Feed  1.80  9.00 100 100 1 1  16.7 
Permeate 

1  
1.87  0.24 72.5 1.89 38.4 112  88.5 

Permeate 
2  

1.37  0.006 47.6 0.03 1202 3515  99.6 

Pur, purity. 

Table 3 
Purification progress of GA by NF from an equimolar FA/GA solution feed 
through the “retentate pathway” using a Synder NFX membrane.  

Fraction [FA] 
(g/L) 

[GA] 
(g/L) 

YFA 

(%) 
YGA 

(%) 
EFGA SFGA PurGA 

(%) 

Feed  1.80 9.00 100 100 1 1  83.3 
Retentate 

1  
1.78 26.0 29.6 86.5 2.95 113  93.6 

Retentate 
3  

0.63 102 2.38 77.2 32.7 1257  99.4 

Pur, purity. 

Fig. 12. Preliminary screening of extractants and diluents for the extraction of FA from diluted aqueous solutions: extraction yields (A) and distribution coefficients 
(B). (Control, extractions with diluents alone). 
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one. Since the performance of the RLLE is highly enhanced when the 
carboxylic acid molecules are undissociated (uncharged) [17,18,19] and 
this is achieved when the pH of the medium is below the pKa of the acid, 
the starting pH of the solutions to be extracted was set to 2.0 (the pKa of 
FA is 3.7) by adding HCl. 

Each of the extractants was combined with each of the diluents, and 
the resulting mixtures were tested for FA extraction performance 
(Fig. 12). The best results were obtained with the pair TOA/n-octanol, 
achieving an extraction yield of 97% and a distribution coefficient of 
34, in agreement with previous works reporting the efficient extraction 
of FA from aqueous solutions using this extractant/diluent combination 
[18,20,21,22]. The combination of TOA with the other diluents caused a 
dramatic decrease in the extraction performance. The use of DOA as 
extractant resulted in a slightly lower extraction performance than with 
TOA, and DCMA was not suitable at all to extract FA. Physical extraction 
with the diluents alone (control in Fig. 12) showed a very limited ca-
pacity, indicating that the extraction was mainly driven by the extrac-
tant (reactive extraction). Therefore, the pair TOA/n-octanol was 
selected for subsequent experiments. 

3.3.2. Extraction of FA with TOA/n-octanol: Factors affecting performance 
Next, the influence of the TOA to FA molar ratio on extraction per-

formance was evaluated. As shown in Fig. 13, both yield and distribution 
coefficient initially increased as this ratio increased, but, then, reached a 
plateau, from a TOA/FA ratio of two for yield and of three for distri-
bution coefficient. At first, the plateau must be reached at the same 
TOA/FA ratio for both parameters. However, this apparent anomalous 
behaviour can be explained taking into account that at high FA re-
coveries in the organic phase (TOA/FA ≥ 2) the concentration of FA in 
the aqueous phase was increasingly lower, rendering increasingly larger 
analytical errors in its quantification, which greatly affected Kd calcu-
lations and would explain in part the observed trend. However, the most 
important fact is that the extraction of FA is very favorable at TOA/FA ≥
2. 

Varying the aqueous to organic phase volume ratio (Vap/Vop) from 1 
to 2 hardly affected the extraction yield, but it did the distribution co-
efficient. This parameter showed a general increase when the ratio was 
increased from 1 to 2, more evident at TOA/FA ratios ≥ 3. This can be 
explained by the similar extraction yield at both volume ratios, as it only 
depends on the TOA/FA molar ratio. So, the same extraction yield but in 
half volume of the organic phase results in an increased concentration of 
the extracted acid in it and, therefore, in a higher distribution coeffi-
cient. This result is very important, because it shows that FA can be 
concentrated from its starting solution by applying a RLLE step using an 
organic phase volume lower than that of the aqueous phase. An addi-
tional volume reduction in the back-extraction step will allow to further 
concentrate FA (see sections 3.3.4. and 3.3.5.). 

In order to get a more concentrated FA solution from its rather 
diluted starting solution, a RLLE experiment was then carried out using 
an organic phase volume five-fold lower than that of the aqueous phase. 
The experiment was performed at two TOA/FA molar ratio values (2 and 
4) and, for each one, the aqueous FA solution was extracted either once, 
with the total volume, or twice, each with half the total volume of TOA/ 
n-octanol (the final volume of the organic phase was always the same 
and five-fold lower than that of the aqueous phase). When extraction 
was carried out twice, both organic phases were put together at the end. 
Results are shown in Fig. 14. Extraction yields were in all the cases 
higher than 90%, with slightly higher values both when increasing the 
TOA/FA molar ratio and when applying the extraction in two times, 
reaching values as high as 96% for an extraction at a TOA/FA ratio of 
four in two times. Distribution coefficients followed the same trend, with 
the maximum value (115) achieved under the same conditions as above. 
The FA contained in the pooled extracts obtained at the best performing 
extraction conditions (TOA/FA ratio 4, in two times) was 4.8-fold 
concentrated with respect to that present in the starting solution (9 vs 
1.87 g/L), so supporting the potential of RLLE as an efficient and low 
energy-use technology to recover and concentrate diluted solutions of 
FA. 

Fig. 13. Influence of TOA/FA molar ratio on extraction performance, at Vap/Vop of 1 (A) or 2 (B). (Vap/Vop, aqueous to organic phase volume ratio).  

Fig. 14. Influence of TOA/FA molar ratio, the number of times of extraction and the initial adjustment or not to pH 2.0 on extraction performance, at Vap/Vop of 5: 
extraction yields (A) and distribution coefficients (B). 
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When extractions were carried out in two times, the pH recorded in 
the aqueous phase after the first extraction step had increased from the 
initial value of 2.0 to around 2.8 and 3.6 for TOA/FA ratios of 2 and 4, 
respectively, as expected following the removal of part of the acid to the 
organic phase. So, the pH increased to values closer to the pKa of the 
acid, especially when the TOA/FA ratio was 4, which could negatively 
affect the performance of the second extraction step. Therefore, it was 
argued that if the pH value was restored to the original one (2.0) after 
the first extraction step, the second extraction would probably be 
enhanced. This possibility was experimentally tested, and the results 
obtained were quite surprising. 

Extraction performance was very different depending on the TOA/ 
FA ratio applied. At a ratio of four, the readjustment of the pH value to 
2.0 with HCl after the first extraction step maintained essentially un-
changed the extraction yield and distribution coefficient. However, at a 
ratio of two, when the pH was restored to the starting value after the first 
extraction step, the performance of the whole extraction process was 
greatly decreased. This decrease resulted from an almost complete lack 
of extraction of FA in the second extraction step, which was attributed to 

the pH readjustment. The ability of TOA to also extract mineral acids, 
such as HCl, in addition to carboxylic acids, is known [23] and the re-
sults obtained in this work suggested that TOA is likely to preferably 
extract HCl over FA, as also reported for other carboxylic acids [19]. So, 
when TOA is in very excess over FA (TOA/FA = 4), although part of it 
would be used to extract first HCl, the remaining TOA would be enough 
to also extract FA. However, at lower TOA/FA ratios (e.g., 2), all or most 
of TOA would be used to extract HCl, so no extractant would be available 
to extract FA. This phenomenon indicates that adjusting the starting 
solution pH to 2.0 with HCl is not a good procedure because this strong 
acid interferes with the extraction of FA, as shown in Fig. 14. The 
absence of HCl in the medium allowed an enhanced extraction of FA, so 
no acid was added from then on to the solution to be extracted. 

3.3.3. Preliminary screening of back-extractants 
The second stage in the RLLE process involves the back-extraction of 

the complexed solute from the organic phase to recover the extractant- 
free solute in a new aqueous phase and, simultaneously, to regenerate 
the extractant for reuse. Leaving aside the possibility of using 

Fig. 15. Preliminary screening of three bases on the back-extraction of FA from a FA-loaded TOA/n-octanol organic phase: extraction yields (A) and distribution 
coefficients (B). 

Fig. 16. Influence of the concentration of NaOH on the back-extraction performance of FA from a FA-loaded TOA/n-octanol organic phase: extraction yields (A), 
distribution coefficients (B) and FA concentration in the back-extract (C). 
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evaporation or distillation when the solute or the extractant/diluent are 
volatile, there are different ways to perform back-extraction when 
neither of them are, including treatments with bases or acids, or by 
temperature or diluent swing [12]. Among them, treatment of the FA- 
loaded organic phase with aqueous base solutions was selected, as it 
was considered to be the simplest and the less energy-consuming 
method, and the one that would allow the best recovery of extractant 
for reuse. The question is that with this back-extraction method, solute 
would be recovered in the form of a formate salt, so requiring an addi-
tional step to convert it to the acid form in case that FA was the abso-
lutely required species. 

Although this step is out of the present work it is worthy to point out 
that formate neutralization (acidification) previously to RLLE must not 
be carried out using a mineral acid because this method, in addition to 
the interference in the FA extraction showed above, does not lead to an 
aqueous solution of pure FA (formate salt) after back-extraction, but to a 
solution of FA contaminated with the salt of the anion of the mineral 
acid. The suitable technique would be electroneutralisation using a 2- 
compartment filter press cell with anodic and cathodic compartments 
separated by a cation exchange membrane, which has shown to be very 
effective for the recovery of an aqueous solution of pure acetic acid from 
an aqueous solution of sodium acetate [24]. 

The back-extraction performance of three bases (NaOH, NaHCO3 and 
Na2CO3) was evaluated, using three different concentrations (0.05, 0.10 
and 0.15 M) and a ratio of volumes of aqueous to organic phases of one. 
The FA-loaded TOA/n-octanol organic phase to be back-extracted was 
prepared by extracting a 2 g/L FA solution with the same volume of 
TOA/n-octanol, at a TOA to FA molar ratio of three, so resulting in an 
organic phase containing around 2 g/L of FA. 

A shown in Fig. 15, the best results were obtained with NaOH and 
Na2CO3, achieving an extraction yield of 97% and a distribution coef-
ficient of 37. However, among them NaOH was finally selected, because 
Na2CO3, caused some problems, such as the release of CO2 during the 
back-extraction process (as a result of the acidification of the extract 
during back-extraction of FA), the appearance sometimes of a precipi-
tate, and the fact that its water solubility is much lower than that of 

NaOH, which would prevent the eventual use of highly concentrated 
solutions. 

3.3.4. Back-extraction of FA from TOA/n-octanol with NaOH: Factors 
affecting performance 

Next, the influence of the concentration of NaOH on the back- 
extraction performance was assessed. For that, the FA-loaded organic 
phase was back-extracted in two times with a total volume of the NaOH 
solution (at two concentrations, 1.5 and 3 M) five-fold lower than that of 
the organic phase to further concentrate the FA solution. The FA-loaded 
TOA/n-octanol organic phase to be back-extracted was prepared by 
extracting in two times a 2 g/L FA solution with 1/5 vol of TOA/n- 
octanol, at a TOA to FA molar ratio of two, so resulting in an organic 
phase containing around 9.5 g/L of FA. 

The final total performance, after putting together the two extracts, 
were not very different between both NaOH concentrations, although 
were slightly better at the highest base concentration (Fig. 16). How-
ever, the course of the back-extractions was quite different. With 1.5 M 
NaOH (NaOH/FA molar ratio, 0.7), after the first back-extraction a 
considerable amount of FA still remained in the organic phase, which 
was mostly extracted in the second back-extraction. With 3 M NaOH 
(NaOH/FA molar ratio, 1.4), however, most of FA was extracted in the 
first back-extraction, with little contribution of the second back- 
extraction to the final result. Maximum recovery yields of 90% were 
achieved, reaching a final concentration of FA close to 43 g/L after 
putting together both extracts, that is, a 4.5-fold concentration increase 
with respect to that in the organic phase. However, if we only take into 
consideration the first back-extraction, the yield remained almost un-
changed (89 vs 90%), but the FA concentration in this extract reached 
nearly 85 g/L, which is 9 times more concentrated than in the organic 
phase. So, it was clear that it was possible to concentrate the FA solution 
during the back-extraction step, further enhancing the concentration 
increase obtained in the previous extraction step. 

3.3.5. Optimization of the whole FA extraction/back-extraction process 
In view of the above results, it was assessed if a more concentration 

Fig. 17. Whole extraction/back-extraction process of FA by RLLE with TOA/n-octanol and NaOH, at two volume decrease factors (1/50 and 1/100): FA yields (A) 
and concentrations (B) in the different streams. 

Table 4 
Concentration progress of FA by RLLE with TOA/n-octanol (extraction) and NaOH (back-extraction) from a diluted FA solution feed.  

Feed Extraction Back-extraction Whole process 

V = 1000 mL 
TOA 877 mM (n-oct) NaOH 6 M 

V decrease from 1000 to 10 mL TOA/FA (mol) = 1.83 NaOH/FA (mol) = 1.4 
V = 100 mL (twice) V = 10 mL (twice) 

[FA] (g/L) Y (%) [FA] (g/L) Y (%) [FA] (g/L) Y (%) [FA] (g/L) Y (%) CF VD  

2.24 100  19.8  88.5  174.5  88.1  174.5  77.9  77.9 1/100 

CF, concentration factor (ratio of the FA concentration in the final extract to that in the feed). 
VD, volume decrease. 
twice, extraction/re-extraction performed in two times. 
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factor for FA could be obtained by applying the whole extraction + back- 
extraction process. Accordingly, a pair of extracts were prepared by 
extracting in two times a 2 g/L FA solution with either 1/5 or 1/10 vol 
ratio of TOA/n-octanol, at a TOA to FA molar ratio of 2. The above FA- 
loaded organic phases were then back-extracted in one time with 1/10 
vol of NaOH 6 M, at a NaOH/FA molar ratio close to 1.4. So, the volume 
decrease was 50- and 100-fold in the first and second experiments, 
respectively. The results of this complete process are shown in Fig. 17. 

In each experiment, the recovery yields in the extraction and back- 
extraction steps were very close: near 94% and 89% when volume 
decreased by 50- or 100-fold, respectively. These values resulted in final 
total recovery yields, joining both extraction and back-extraction pro-
cesses, of 88 and 80%, respectively. If the concentrations of FA are 
considered, in the first experiment, where the sample volume is 
decreased by 50 times, the final FA concentration approached to 88 g/L; 
in the second experiment, in turn, where the sample volume is 100-fold 
decreased, FA concentration reached a value of 144 g/L. The use of more 
concentrated NaOH solutions (8 and 10 M) to carry out the back- 
extraction did not improve the process performance. 

Finally, a last process was carried out with a little modification, 
where both the extraction and the back-extraction processes were per-
formed in two times, and keeping the rest of variables the same, 
including the 10-fold volume decrease in each step. A final solution was 
then obtained (Table 4), with a total recovery yield for FA of 78% and a 
concentration of 174.5 g/L, which is 78 times more concentrated than 
the original feed. 

In some experiments the volume of the final aqueous phase after 
back-extraction was measured, finding that its value was around a 15% 
higher than the added volume of the NaOH solution. This volume in-
crease likely resulted from the co-extraction of water to the organic 
phase in the extraction step, as reported in the literature [12], water that 
would likely be recovered in the NaOH aqueous phase, at least in part, in 
the back-extraction step, although the back-extracted FA (as sodium 
formate) could also contribute to the volume increase. Anyway, what-
ever the cause of that volume increase, this means that the actual re-
covery yield of FA at the end of the process could be increased by 15% 
(the same concentration in the final extract, but with a 15% more vol-
ume), so reaching a value close to 90%. 

3.3.6. Reuse of TOA/n-octanol organic phase 
One of the advantages of the RLLE technology is that the TOA/n- 

octanol organic phase is easily recovered at the end of the process and 
could be supposedly reused for a new extraction cycle, which would 
allow to reduce the process costs [25]. Therefore, an experiment was 
designed to check whether this possibility was true. A complete process 
of extraction and back-extraction was carried out according to the 
optimized procedure described in the previous section, and the final 
TOA/n-octanol recovered after the NaOH back-extraction was reused in 
a new extraction cycle. Part of this organic phase was used as is, but 
another part was subjected to an additional back-extraction with a 1/10 
vol of 6 M NaOH, in case some FA still remained in it. Very little FA was 
recovered with this additional back-extraction (around 0.5 g/L), which 
would mean that almost all the acid had already been recovered and that 
the organic phase would essentially be FA-free. 

In any case, both used organic phases (the unmodified and the sub-
jected to an additional back-extraction) were utilized to extract a new 
2.24 g/L FA solution, including a control experiment with a fresh 

organic phase. The results can be seen in Table 5. The FA extracted into 
the organic phase was essentially the same in all the cases, with con-
centrations close to 18 g/L and recovery yields of 89–90%, pointing out 
that the extractant/diluent mixture recovered after back-extraction 
maintained its functionality and that can be successfully reused in 
additional RLLE cycles. 

4. Conclusions 

In this paper, a case study dealing with the development of a 
downstream process for the separation, purification and concentration 
of FA from FA/GA mixtures obtainable by a coupled biocatalytic reac-
tion is presented. The process is based on two successive steps involving 
two non-energy intensive separation technologies: i) a first step of NF to 
separate FA and GA, and ii) a second step of RLLE to concentrate FA. In 
the NF stage, following three nanofiltration steps two main fractions 
were obtained: a FA pure permeate through the so-called “permeate 
pathway”, and a GA pure retentate, through the “retentate pathway”. 
The FA pure and rather diluted permeate was concentrated through an 
additional step of RLLE, using TOA/n-octanol as extractant and NaOH as 
back-extractant. In the RLLE optimized process, applying a 100-fold 
volume decrease, a final solution of FA 78 times more concentrated 
than the original feed was obtained. The whole process allowed an 
efficient separation between both acids and a strong concentration of 
FA, and it is an illustrative example of how a suitable combination of 
efficient separation techniques can overcome the huge techno-economic 
challenge related to the recovery of chemicals contained at very dilute 
concentrations in reaction media resulting from biocatalytic processes. 

It is worthy to mention that although the experimentation has been 
done with synthetic solutions the results can be fully extrapolated to real 
samples because in the reaction step FA is obtained in a reaction medium 
consisting of glucose + CO2 (bubbled) + enzymatic cocktail + NADH. 
During reaction, FA and GA are produced and the medium pH is kept at 
7 by adding a NaOH solution. When reaction is completed, the reaction 
medium consists of enzymes, NADH and the sodium salts of FA and GA. 
Enzymes and NADH (Mw 663.4 g/mol) can be easily separated from the 
other components by nanofiltration using a membrane with a MWCO of 
400–500 Da (such as TrisepTM XN45 or SynderTM NFW), remaining in 
the retentate, while the other components (FA and GA) cross the 
membrane. So, synthetic solutions used in this work are like real ones 
after removing enzymes and NADH components. 
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Table 5 
Reuse of TOA/n-octanol organic phase in a second RLLE cycle.  

TOA/n-octanol [FA] (g/L) Y (%) 

Fresh  18.3  90.2 
Used (as is)  17.7  89.2 
Used (add. re-extr.)  17.7  89.1 

add. re-extr., additional re-extraction. 
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compositions of FA/GA effluents synthesized from CO2 and glucose 
through a coupled enzymatic reaction catalyzed by FDH and GDH. 
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